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Gas hold-up and liquid film thickness in Taylor
flow in rectangular microchannels
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bstract

The gas hold-up in nitrogen/water Taylor flows in a glass microchannel of rectangular cross-section (100 �m × 50 �m) was shown to follow the
rmand correlation. The validity of the Armand correlation implies that the liquid film thickness is not a function of the bubble velocity, which
as varied between 0.24 and 7.12 m/s. Images of the Taylor flow were captured at a rate of 10,000 frames per second and were used to obtain the

ubble and liquid slug lengths, the bubble velocity, and the number of bubbles formed per unit of time. A mass balance-based model was developed
or Taylor flow with negligible liquid film velocities. The model describes the gas hold-up as a function of the liquid film thickness, the bubble and
iquid slug lengths, the liquid superficial velocity, and the bubble formation frequency.

2007 Elsevier B.V. All rights reserved.
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. Introduction

Taylor flow is the main flow regime of interest for performing
as/liquid/solid reactions in small channels (diameter <1 mm).
t consists of sequences of a gas bubble and a liquid slug. The
ength of the gas bubbles is larger than the channel diameter and a
hin liquid film separates the gas bubbles from the channel walls.
he liquid film ensures a short diffusion path length for the gas
hase diffusing through the film to the channel wall, where the
atalyst is often located. The liquid in the slugs forms circulation
ells when the capillary number (Ca = μub/σ) is smaller than 0.5
1,2]. The circulation patterns within the liquid slugs improve
adial mass transfer in the liquid as compared to laminar flow [3].
he thin liquid film and the liquid circulation cells make Taylor
ow a suitable flow regime for three-phase reactions where mass

ransfer to the wall is of influence on the reaction rate.
The thickness of the liquid film and the liquid velocity therein

re key parameters, not only for mass transfer, but also for
escribing the hydrodynamics of Taylor flow. The gas hold-up is

n important parameter in reactor design since it determines the
ean residence times of the phases in the reactor and is related

o the thickness of the liquid film. Due to the presence of the liq-
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id film, the gas bubbles move through a smaller cross-sectional
rea than the combined gas and liquid flows. Continuity then
equires that the velocity of the gas bubbles is larger than the
otal superficial velocity in the channel. Because of this, the gas
old-up differs from the flow quality, which is defined as the vol-
metric fraction of gas in the feed stream. The relation between
lm thickness and gas hold-up also depends on the flow rate of

he liquid in the film.
Bretherton [4] showed that the film thickness is a function

f the capillary number for capillaries with a circular cross-
ection. Kolb and Cerro [2] expanded on this work by analyzing
aylor flow in tubes of square cross-section, also showing the
lm thickness to be a function of capillary number. However,

hese observations are only valid when inertia does not play a
ignificant role. The conditions in small reactor channels oper-
ted in Taylor flow are often such that inertia has to be accounted
or when estimating the film thickness. When taking inertia into
ccount, it is reported that the film thickness is a function of
oth the capillary and Reynolds (Re = ρubW

2
b /μ) numbers and

s therefore dependent on the bubble velocity [5–7]. Aussillous
nd Quere [5] found that inertial effects give rise to a thicker
iquid film than predicted by Bretherton’s theory and provide a
ualitative explanation for this effect. They also stated that the

hickening effect is superimposed by a geometric effect which

akes the film thickness converge to a finite fraction of the
ube radius. However, they provide no quantitative analysis for
redicting this limit in the film thickness.

mailto:j.c.schouten@tue.nl
dx.doi.org/10.1016/j.cej.2007.07.008
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Nomenclature

A area of the channel cross-section (m2)
Ab area of the bubble cross-section (m2)
Bo Bond number
Ca capillary number
Fb frequency of bubbles (1/s)
g gravitational constant (m/s2)
Lb length of a bubble (m)
Lnose length of the nose of a gas bubble (m)
Ls length of a liquid slug (m)
Ltail length of the tail of a gas bubble (m)
Re Reynolds number
ub velocity of a bubble (m/s)
Ug superficial gas velocity (m/s)
Ul superficial liquid velocity (m/s)
Vb volume of a gas bubble (m3)
Vf volume of the liquid film in a unit cell (m3)
Vs volume of a liquid slug (m3)
Vuc volume of a unit cell (m3)
Wb width of the gas bubble (m)
We Weber number

Greek symbols
δ correction of slug length for the liquid in the slug

surrounding the nose and tail of bubble (m)
εg gas hold-up
μ viscosity of the liquid (Pa s)
ρ density of the liquid (kg/m3)
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σ surface tension (N/m)

Experimentally determining the liquid film thickness or gas
old-up from images of the flows is difficult, especially for chan-
els with a rectangular cross-section and the relatively large
ubble velocities used in this work. The cross-sectional bubble
hape is not axisymmetrical and cannot be obtained directly from
mages of the flow. Therefore, in this work, a mass balance-based
odel for Taylor flow is developed. It describes the gas hold-up

s a function of bubble and liquid slug lengths, the number of
ubbles formed per unit of time, the liquid superficial velocity,
nd the cross-sectional area of the bubbles relative to the chan-
el cross-section. This model is applied to experimental data
btained by imaging techniques from which the dimensionless
ross-sectional bubble area is determined. This allows for calcu-
ation of the gas hold-up, which is then shown to be a function of
he flow quality according to Armand’s experimentally obtained
orrelation [8]. The model presented in this work is similar, but
ot identical, to that of Thulasidas et al. [9]. The differences
ith the Thulasidas model will be addressed explicitly in the
ext section on Taylor flow model assumptions.
.1. Taylor flow model assumptions

Before the Taylor flow model is described in detail, the main
ssumptions and their motivation are discussed.

t
e
a
b
d
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1) At any specific location in the channel, there is no variation
in gas bubble and liquid slug sizes.

2) There is a uniform, continuous liquid film surrounding the
gas bubbles as well as the liquid circulation cells that form
the liquid slugs.

3) There is no flow in the liquid film.

Ad 1: For any single Taylor flow considered in this work, there
s no variation in the amount of gas per bubble and the amount
f liquid per slug. However, due to the pressure drop over the
hannel and the compressibility of the gas phase, the volume of
gas bubble varies with the location in the channel. The pressure
ependence of the solubility of the gas phase in the liquid can
lso cause a small bubble volume change along the length of the
hannel, but this is not accounted for in this work. Thus, when
onsidering a single location in the channel, all bubbles passing
hat location have the same volume for a given set of gas and
iquid flow rates. Since there is no convective flow in or out of a
iquid slug and the liquid phase is assumed to be incompressible
ll liquid slugs have the same volume for a given set of gas and
iquid flow rates.

Ad 2: Up to certain values for the capillary number Ca, liq-
id circulation cells form between the gas bubbles. These liquid
irculation cells are separated from the wall by a thin liquid
lm. Thus, the liquid film is not only present around the gas
ubbles, but continues into the liquid slugs forming a uniform,
ontinuous liquid film throughout the length of the channel. For
apillaries with a square cross-section there is both theoretical
nd experimental evidence [1,2] that these circulation patterns
xist for Ca < 0.5. For the experiments in channels with a rectan-
ular cross-section described in this work, the capillary numbers
re Ca < 0.1, and smaller than this threshold value. Even though
he channels have a rectangular cross-section, it can be assumed
hat bypass flow does not occur and there is a continuous and
niform liquid film along the length of the channel.

Ad 3: The boundary conditions for the liquid flow in the film
re: no shear stresses at the gas–liquid interface and no slip at the
hannel wall [2,9]. Shear between the gas bubble and the liquid
lm is therefore not a driving force for any flow in the film. It is
lso reported [2,6] that there is no pressure gradient in the liquid
lm in the uniform bubble region, eliminating another potential
ource for liquid flow in the film. For vertically oriented systems
ith respect to the gravity vector, gravity can cause flow in the
lm region, especially for channels with a rectangular cross-
ection. However, in this work horizontally oriented channels
re used and the Bond number (Bo = ρgW2

b /σ) is in the order
f 10−3, so the effect of gravity is not significant. It is therefore
ssumed that there is no liquid flow in the film surrounding the
as bubbles. This is also assumed in the work of Thulasidas et
l. [9] in the absence of gravity as a driving force.

Shear stress between the liquid in the slug and that in the film
an induce flow in the film surrounding the liquid slug. Provided
hat the liquid slugs are longer than 1.5 times the channel diam-

ter, this will result in fully developed laminar flow of the liquid
t some point between two bubbles [1]. In the model developed
y Thulasidas et al. [9] it is therefore assumed that there is a fully
eveloped laminar flow in the liquid between two gas bubbles.
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For thin films, the flow rate in the liquid film surrounding the
iquid slug is a negligible fraction of the total flow rate. There-
ore, in this work, it is assumed that the liquid film is stagnant
nd of equal thickness as the part of the liquid film surrounding
he bubble. This is conceptually different from the assumption
f Thulasidas et al. [1] and leads to a different derivation of the
verall mass balance. For both models, continuity requires that
he average velocity over the whole cross-sectional area of the
hannel is constant and is equal to the sum of the superficial gas
nd liquid velocities, regardless of the shape of the velocity pro-
le in the slug and its surrounding liquid film. This condition is
et for both models and thus, even though they are conceptually

ifferent, they lead to the same overall mass balance.

.2. Taylor flow model development

In this work, a liquid slug is defined as the liquid present in
he circulation cells and does not include any liquid present in
he film. Once the static liquid film has been formed, the liquid
ow consists solely out of the liquid in the slugs and there is no
ow in or out of these slugs.

Since the liquid slugs are isolated packages of liquid moving
hrough the same cross-sectional area Ab as the gas bubbles, their
elocity is equal to the bubble velocity ub. The overall velocity
n the channel is the sum of the superficial gas Ug and liquid Ul
elocities, which are based on the channel cross-sectional area
. Because the gas bubbles and liquid slugs move through what

s effectively a channel with a smaller cross-sectional area Ab,
he bubble velocity in the channel ub is a factor A/Ab larger than
he overall velocity in the channel:

b = A

Ab
(Ug + Ul) (1)

Now that all velocities have been defined, a mass balance can
e made. A train of gas bubbles and liquid slugs is divided into
nit cells consisting of one liquid slug, one gas bubble and the
iquid film surrounding both the bubble and the slug (see Fig. 1).

The volume of one unit cell V is equal to the cross-sectional
uc
rea of the channel A multiplied by the sum of the bubble length
b and the slug length Ls:

uc = A(Lb + Ls) (2)

ig. 1. Schematic of Taylor flow showing the definitions of the unit cell, bubble
ength Lb and the liquid slug length Ls. The lengths of the nose Lnose and tail

tail sections of the bubble are also indicated. The diagonally dashed area is the
iquid slug. The fluid circulation patterns relative to the bubble movement are
lso indicated. The horizontally dashed area indicates the uniform, static liquid
lm surrounding both the bubbles and the liquid slugs.

o

2

a
o
d
b
e
w
m

i
s
g
n
i
c

ng Journal 135S (2008) S153–S158 S155

The volume of the liquid film in the unit cell Vf is then

f = (A − Ab)(Lb + Ls) (3)

The volume of the liquid present in one liquid slug Vs is equal
o the volumetric liquid flow rate divided by the slug frequency,
hich is equal to the bubble frequency Fb. The liquid in the

iquid slug can be considered to consist of a part with volume
sAb and the amount of liquid around the nose of the trailing and

he tail of the leading gas bubbles. This volume is not known,
ut will depend on Ab. Assuming this volume is a linear function
f Ab, then it can be written as Abδ, where δ is a correction on
he liquid slug length to compensate for this extra volume. This
ives

s = UlA

Fb
= Ab(Ls + δ) (4)

he volume of a gas bubble Vb is then the volume of the unit
ell minus the volumes of the liquid slug and the liquid film in
he unit cell. Combining Eqs. (2)–(4) gives

b = Ab(Ls + Ls) − UlA

Fb
(5)

The gas hold-up εg in the unit cell is the gas bubble volume
ivided by the unit cell volume, giving

g = Ab

A
− Ul

Fb(Lb + Ls)
= Ab

A
− Ul

ub
(6)

Apart from the liquid in the film, the liquid and the gas in
ne unit cell move with the bubble velocity ub. This implies that
dding the length of all unit cells passing a certain location per
nit of time Fb(Lb + Ls) gives the bubble velocity ub.

Once the gas hold-up and the bubble velocity have been deter-
ined, the local superficial gas-velocity, Ug, can be calculated

y

g = εgub (7)

From the previous analysis it is clear that the cross-sectional
ubble area is a key parameter for describing the hydrodynamics
f Taylor flow and in particular for describing the gas hold-up.

. Experimental

The micro fluidic chips used in this work were designed
nd constructed for investigating the influence of mixer design
n the gas/liquid hydrodynamics in the subsequent channel as
escribed in [10]. The chips consist of two anodically bonded
orosilicate glass wafers. The micro fluidic structures were
tched by deep reactive ion etching and the in- and outlet holes
ere made by powder blasting. Fig. 2 shows the designs of the
ixers.
For both designs, the gas inlet is encompassed by two liquid

nlets. The two mixers differ in angle at which the gas and liquid
treams are contacted. For the cross mixer, the angle between the

as and liquid inlets is 90◦. In the smooth mixer the inlets are
early parallel to each other. Both mixers then focus the flow
nto a 2 cm long channel with a 50 �m × 100 �m rectangular
ross-section.
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Fig. 2. Geometries of the two mixers used for realizing two-phase flow in a
downstream channel with a rectangular cross-section of 100 �m × 50 �m and a
length of 2 cm. The depth of these structures is 50 �m. The bar represents 1 mm.

Table 1
Superficial liquid Ul and gas velocities Ug for which a stable, regular Taylor
flow was observed with bubble and slugs lengths suitable for image analysis

Ul (m/s) Ug (m/s) Ug/(Ug + Ul)

Cross mixer 0.07–1.90 0.50–10 0.43–0.91
Smooth mixer 0.07–0.47 0.50–5.0 0.45–0.91
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he superficial gas velocity is given at a temperature of 20 ◦C and a pressure of
bar. The range of flow qualities used in the experiments is also given.

All experiments were carried out with nitrogen gas and de-
ineralised water at a temperature of 20 ◦C. The gas flow was

egulated by a set of mass flow controllers (Bronkhorst F-200C
nd Bronkhorst F-201C). An LKB 2150 high-performance liq-
id chromatography pump was used to create the liquid flow.
he range of superficial velocities for which a stable Taylor
ow with bubble and slug lengths smaller than the length of the
bservation window was obtained, are given in Table 1.

Images of the flows were recorded by a Redlake Motion-
ro CCD camera connected to a Zeiss Axiovert 200 MAT

nverted microscope. The images were recorded at a resolution of
280 × 48 pixels at a rate of 10,000 frames per second. An expo-
ure time of 12 �s was sufficient to eliminate significant motion
lur. The width of one pixel represented 3.6 �m of channel

ength. All images captured 2.86 mm of channel length and their
enterpoint was located 17.8 mm from the channel entrance. For
very combination of gas and liquid velocities, three movies of

p
o
b

ig. 3. The slug length Ls is plotted against the superficial liquid velocity Ul divide
ixers. The dotted line represents the linear fit according to Eq. (8). The values of th

he figures.
ng Journal 135S (2008) S153–S158

000 frames each were recorded (0.5 s measurement time per
ovie).
For each movie, every individual bubble was tracked and its

ength was averaged over all frames it occurred in. These values
ere then averaged to obtain the average bubble length Lb for

hat movie. The same was done for the liquid slugs, giving the
verage slug length Ls. The bubble frequency Fb is the number of
racked bubbles divided by the measurement time. The average
elocity of a single bubble was obtained by dividing the distance
ravelled by its centre of mass in the movie by the time that the
ubble was present in that movie. Like the average bubble and
lug lengths, the velocity was first determined for every single
ubble and then averaged over all bubbles to give the average
ubble velocity ub.

. Results and discussion

An expression for the liquid slug length Ls is obtained from
q. (4). The liquid slug length is dependent on the amount of

iquid in the slug and the dimensionless cross-sectional bubble
rea Ab/A:

s = UlA

FbAb
− δ (8)

In Fig. 3, the liquid slug length is plotted against Ul/Fb for
oth mixers.

From this figure it is clear that there is a linear relationship
etween these parameters. This implies that the dimensionless
ross-sectional bubble area Ab/A, and thus the thickness of the
iquid film, is constant for a wide range of bubble velocities,
hich was 0.24–7.12 m/s for the cross mixer and 0.54–4.44 m/s

or the smooth mixer. The range of Weber numbers (We =
Wbu

2
b/σ) covered in this work is 0.06–50 indicating that iner-

ial effects have a significant influence on the characteristics of
ensate for the volume of liquid present around the nose and tail
f a gas bubble δ is also obtained from the fit. The differences
etween the slopes of the curves and between the values of δ are

d by the bubble frequency Fb for both the cross (left) and the smooth (right)
e fitted parameters A/Ab and δ and their 95% confidence intervals are given in



M.J.F. Warnier et al. / Chemical Engineering Journal 135S (2008) S153–S158 S157

F Ul) fo
a

m
d
b
i
t

t
s
t
i
f
c
a
A
a
o
s
t
f
o
e

u

o
d
c
t
fl
b
s
t
r
t
r
c

v
e
fi

t
o
(

fl
d
w
C
l
i

i

ε

s
d
m
t
m
s
c
s
r
n
e
t
l
h
t
t
S
a
a

ig. 4. The gas hold-up εg is plotted as a function of the flow quality Ug/(Ug +
lso plotted.

ost likely due to experimental error. The larger spread in the
ata obtained with the cross mixer is the result of a less uniform
ubble and slug size distribution for a given set of flow rates. This
s caused by the differences in bubble formation mechanisms in
he two mixers, as described in Haverkamp et al. [10].

The sum of the volumes occupied by the nose and tail of
he gas bubble and the volume of the part of the liquid slug
urrounding them is Ab(Lnose + Ltail). The length of the nose of
he gas bubble is Lnose and the length of its tail is Ltail, as indicated
n Fig. 1. The volume of liquid in this area is Abδ, so that the
raction of liquid in this volume is δ/(Lnose + Ltail). For ease of
alculation the shapes of the nose and tail sections of a bubble are
ssumed to be identical half ellipsoids with a cross-sectional area
b. The total volume of the two halves is then 2Ab(Lnose + Ltail)/3
nd δ/(Lnose + Ltail) is 0.33. The lengths of the tails and noses
f the gas bubbles have been estimated at both the largest and
mallest bubble velocity used in this work. For these experiments
he sum of the nose and tail lengths is 100 ± 10 �m and the value
or δ/(Lnose + Ltail) is then 0.5 ± 0.2. This is close to the value
f 0.33 found if the nose and tail sections were shaped like half
llipsoids. It is concluded that a value for δ of 50 �m is realistic.

Laborie et al. [11] determined the relative bubble velocity
b/(Ug + Ul) for various gas/liquid systems. They used vertically
riented, glass capillaries with circular cross-sections with inner
iameters of 1, 2, 3 and 4 mm. For every system, they found a
onstant relative bubble velocity, although the value varied with
he gas/liquid system and the diameter of the capillary due to
ow in the liquid film under the influence of gravity. The relative
ubble velocity is equal to the inverse of the dimensionless cross-
ectional bubble area (see Eq. (1)). Thus, the observation that
he relative bubble velocity is constant is in accordance with the
esults in this work. Furthermore, the values of A/Ab obtained in
his work are close to the value for the relative bubble velocity
eported by Laborie et al. for an air/water system in a 1 mm
apillary at a temperature of 20 ◦C, which is 1.24.
The gas hold-up was calculated from Eq. (6) using the fitted
alues for A/Ab. All other parameters in Eq. (6) were obtained
xperimentally. Eq. (7) was used to calculate the local super-
cial gas velocity from the measured bubble velocities and

a
l
f

r both the cross (left) and the smooth mixer (right). The Armand correlation is

he gas hold-up. Fig. 4 shows the gas hold-up as a function
f the flow quality for both mixers. The Armand correlation
εg = 0.833Ug/(Ug + Ul) [8]) and the parity line are also plotted.

The Armand correlation was obtained for air/water Taylor
ows in a horizontally oriented, smooth, brass tube with an inner
iameter of 26 mm. The gas hold-up was estimated from the
eight of the tube and was measured at various gas qualities.
orrelating the two parameters resulted in the Armand corre-

ation, εg = 0.833Ug/(Ug + Ul), without addressing the physical
nterpretation of the constant [8].

In the analysis presented in this work, if Eq. (1) is substituted
nto Eq. (6), the following Eq. (9) is obtained:

g = Ab

A

Ug

Ug + Ul
(9)

Upon comparing Eq. (9) to the Armand correlation, the con-
tant 0.833 in their correlation can be considered to be the
imensionless cross-sectional bubble area Ab/A in his experi-
ents. This value is close to the values obtained for Ab/A in

his work: 0.82 for the cross mixer and 0.84 for the smooth
ixer. Chung and Kawaji [12] obtained similar linear relation-

hips for a nitrogen/water flow in glass capillaries of circular
ross-section with diameters of 500 and 251 �m. However, for
maller diameters (100 and 50 �m) they obtained a non-linear
elationship between the gas hold-up and flow quality, which is
ot confirmed by the data in this work at similar channel diam-
ters. Chung and Kawaji [12] suggested that the difference in
heir results for the various channel diameters might be due to
imitations of their set-up. For large bubble velocities and liquid
old-ups in the 100 and 50 �m channels, it might be possible that
heir imaging system does not capture all the bubbles passing
he measurement location, thus underestimating the gas hold-up.
erizawa et al. [13] have verified the Armand correlation for an
ir/water flow in a silica capillary of circular cross-section with
n internal diameter of 20 �m.
The validity of the Armand correlation in both this work
nd in literature for horizontal air/water and nitrogen/water Tay-
or flows implies that the liquid film thickness occupies a fixed
raction of the channel cross-section over a wide range of chan-
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el diameters and bubble velocities. This is in agreement with
he qualitative analysis of Aussillous et al. [5] that, for Taylor
ows with significant inertial effects, the liquid film thickness
onverges to a fixed fraction of the channel width.

. Conclusions

The conditions in small reactor channels operated under
aylor flow are often such that inertial effects cannot be ignored
o that classical lubrication theory can no longer be used for esti-
ating the liquid film thickness. Therefore, in this work, the gas

old-up and its relation to the liquid film thickness are studied
nder conditions where inertial effects are significant.

A mass balance-based model for Taylor flow without flow
n the liquid film is developed. A uniform, stagnant liquid film
urrounding both the gas bubbles and the liquid circulation cells
s the main assumption in this model.

Experimental data are obtained for a nitrogen/water system
nd bubble velocities range from 0.24 to 7.12 m/s. The gas hold-
p is obtained by applying the model to the experimental data.
he gas hold-up as a function of flow quality follows Armand’s
xperimentally obtained correlation.

The model shows that the validity of the Armand correla-
ion implies that the liquid film thickness is not dependent on
he bubble velocity. In literature, the Armand correlation is also
btained for nitrogen/water and air/water Taylor flows for a wide
ange of bubble velocities and channel diameters. This indicates
hat the liquid film thickness is not only independent of the bub-
le velocity, but also occupies a fixed fraction of the channel
ross-section independent of the channel diameter.
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